A three-dimensional, nonisothermal model of polymer electrolyte fuel cells ͑PEFC͒ is applied to a 50 cm 2 cell under various humidity conditions and validated against experimental data of current distribution. In low-humidity operation, coupled modeling of water and heat management is essential as the current density distribution is mainly controlled by hydration of the polymer electrolyte, which is a strong function of temperature due to the water vapor saturation pressure increasing exponentially with temperature. Since these validation simulations involve several millions of computational grid points and hence are considered large-scale calculations, a parallel computational methodology has been employed to substantially reduce the computational time and relax the memory requirement. The model predictions compare well with the detailed experimental data over a wide range of humidity conditions at anode and cathode, and furthermore reveal the complex interplay of heat and water transport phenomena inside PEFC through extensive multidimensional contours of species concentration, temperature, and current density. Polymer electrolyte fuel cells ͑PEFC͒ convert the chemical energy of fuel and oxidant into electrical energy, releasing the balance as heat. In automotive applications, high power density operation is demanded, resulting in more waste heat released, and thus the thermal effect on PEFC performance is critical.
Polymer electrolyte fuel cells ͑PEFC͒ convert the chemical energy of fuel and oxidant into electrical energy, releasing the balance as heat. In automotive applications, high power density operation is demanded, resulting in more waste heat released, and thus the thermal effect on PEFC performance is critical.
Ju and Wang 1 performed a detailed experimental validation of an isothermal PEFC model using current density distribution data measured under fully humidified inlet conditions. This work clearly demonstrated that validation of multiphysics PEFC models must be performed against distributed fuel cell data. Low-humidity operation is of increasing interest especially for automotive fuel cell applications. In this case, the current density distribution is expected to be mainly controlled by the hydration of the polymer electrolyte membrane, which is a strong function of temperature as the water vapor saturation pressure increases exponentially with temperature. Thus, thermal modeling is required for a detailed validation study under low-humidity conditions. The objective of this work is to validate a model that couples electrochemical reactions, transport phenomena, and thermal effects against detailed data of current distribution in low-humidity conditions, and to elucidate the complex interplay of heat and water management under such conditions. Thermal modeling of a PEFC starts with the energy equation that balances heat generation from the cell with heat removal. Heat generation in a fuel cell undergoing no phase change includes entropic heat of reactions, the irreversible heat of electrochemical reactions, and Joule heating. 2 Roughly, the irreversible reaction heat, entropic heat, and Joule heating in a PEFC account for 55, 35, and 10% of total heat release, respectively. The entropic heat, also called reversible heat or Peltier effect, 2 is the difference between the total chemical energy of reactants and the maximum usable work according to the second law of thermodynamics. The irreversible heat results from the irreversibility of the electrochemical reactions, and the Joule heating is caused by finite resistances of various components used in the PEFC.
A number of PEFC thermal models have been published in the literature. [3] [4] [5] [6] [7] [8] [9] [10] [11] [12] [13] [14] [15] These ranged from simplified one-dimensional models for individual components and full cells to multiphysics, multidimensional, two-phase computational fuel cell dynamics ͑CFCD͒ models. Most recently, Ju et al. 15 developed a rigorous thermal model for PEFC in which the reversible reaction heat, I͓−T͑‫ץ‬U o /‫ץ‬T͔͒, often overlooked in the majority of thermal modeling work in the literature, was included. This term turns out to be a significant contributor to overall heat generation ͑Ͼ30% of the total heat release͒. In addition, unambiguous and location-specific heat generation expressions were developed for use in a detailed multidimensional PEFC model that includes gas channels, gas diffusion layers, catalyst layers, and the membrane. Fully threedimensional simulations were carried out since the primary mechanism of heat removal from the reaction area of the PEFC is by in-plane heat conduction through the GDL to the current collecting ribs, which act as a heat sink. The reader is referred to Ju et al. 15 for a detailed review of nonisothermal PEFC modeling.
In this paper, we apply the three-dimensional, nonisothermal PEFC model of Ju et al. 15 to a 50 cm 2 segmented cell. The nonisothermal model is validated extensively against various sets of current density distribution data experimentally measured under various cell voltages and inlet humidification conditions. As calculations for a 50 cm 2 cell require millions of computational cells to be accurate, a parallel computational methodology developed by Meng and Wang 16 is employed to reduce the computational and memory requirements.
Experimental
Model assumptions and description.-The present threedimensional, nonisothermal, electrochemical-transport coupled model was developed based on the previous works of Gu and Wang 17 and Um et al. 18 A detailed elaboration of the model was given in Ju et al. 15 Here, only a brief overview of the model is given. The PEFC model accounts for heat and mass transport phenomena in all subregions of PEFC: gas channels, diffusion and catalyst layers on both anode and cathode sides, and the ionomeric membrane. The assumptions made in the present model are as follows:
1. ideal gas mixtures; 2. incompressible and laminar flow due to small pressure gradients and flow velocities; 3. negligible ohmic potential drop in the electronically conductive solid matrix of porous diffusion and catalyst layers, as well as in the current collectors due to their relatively very large electrical conductivities; and 4. single-phase flow for water transport ͑i.e., no liquid water͒.
Due to assumption 3, the electrode becomes an equipotential line such that s = V cell for cathode Assumption 3 also implies that ohmic Joule heating in the current collectors, gas diffusion layers ͑GDL͒, and catalyst layers is negligible due to their high electric conductivities. Assumption 4 is valid under the condition that the liquid saturation within the GDL is low, or liquid droplets are small and disperse in gas flow to form a mist flow. Therefore, the single-phase approach is particularly well suited for fuel cell simulations under low-humidity operation. The heat release/absorption due to phase change of water is also excluded because of assumption 4.
Under these assumptions, the PEFC thermal model consists of conservation equations of mass, momentum, chemical species, electric charge, and thermal energy. A single-domain approach is used to make a single set of governing equations valid for all subregions. Thus, no interfacial conditions have to be specified at internal boundaries between the various regions. All the governing equations are summarized in Table I with their respective volumetric source terms identified for various subregions of a fuel cell. Brief comments on each of the five governing equations follow.
In porous regions, superficial velocities are used in order to automatically ensure mass flux continuity at the interface between porous and nonporous regions. The source terms in the momentum equations are devised to recover Darcy's law under the limiting condition where the permeability of the porous medium is small and hence the velocity is small.
The source term in the charge equation is used to describe the generated current between the solid matrix and the electrolyte phase inside each of anode and cathode catalysts layers. The transfer current densities are expressed as follows
The kinetic expressions representing the hydrogen oxidation reaction ͑HOR͒ in the anode catalyst layer and oxygen reduction reaction ͑ORR͒ in the cathode catalyst layer are simplified from the general Butler-Volmer kinetics because the HOR kinetic is facile and the ORR kinetic is slow. 1 The surface overpotential, , for the HOR and ORR reactions, is defined as
where the thermodynamic equilibrium potential, U o , is the equilibrium potential for a H 2 /air fuel cell. It is calculated from thermodynamic data of reaction enthalpy and entropy changes and is assumed to be zero for the anode but a function of temperature for the cathode as follows 19 U o = 1.23 − 9.0 ϫ 10
The temperature dependence of the ORR exchange current density can be expressed in Arrhenius form as follows
ͪͬ ͓5͔
where E a denotes the activation energy for oxygen reduction at the Pt/Nafion electrode as provided by Parthasarathy et al. 20 and herein listed in Table IV .
The source terms in the species equations represent the production or consumption of species k by the electrochemical reactions ͑i.e., anode HOR and cathode ORR͒ and the water transport from the anode through the membrane to the cathode by the electroosmotic drag effect. The mass diffusion coefficient of species k, D k , in the anode and cathode gas channels is obtained from Bird et al. 21 as a function of temperature and pressure. For the porous regions of a PEFC such as the gas diffusion and catalyst layers, the expression is modified into effective transport properties to account for the effects of porosity and tortuosity in the porous regions as follows
where and are the porosity and tortuosity of the porous medium, respectively. The three heat source terms in the energy equation deserve special attention. They represent irreversible heat of the electrochemical reaction, reversible entropic heat, and Joule heating, respectively. Gu and Wang 17 provided the location-specific expressions for these terms as used in Table I . In addition, the heat accumulation in a porous material consisting of the matrix and fluid is given by
where the heat capacitance ͑C P ͒ with subscripts "f" and "s" is referred to the fluid and the solid matrix, respectively.
The transport properties of electrolytes are given by Springer et al., 22 where the electro-osmotic drag coefficient for water, n d , the water diffusivity, D w,mem , and the proton conductivity, mem , in the membrane are correlated with the water content of the membrane, , which in turn a function of the water activity, a, as follows 
Conservation equations Source terms
Mass
In diffusion and catalyst layers:
In membrane:
Electrochemical reaction: 
· ͓13͔
In the present work, we choose GORE-SELECT membrane in both experimental and numerical studies, which is a microscopically reinforced composite membrane. Due to the reinforcement, the proton conductivity and water diffusivity had to be adjusted for this study to approximately half of the value of an un-reinforced membrane. Hence, it follows that
However, an ionomer solution is still used as the electrolyte in the anode and cathode catalyst layers. Consequently, the effective proton conductivity of the anode and cathode catalyst layers follows that of a bulk membrane but with a Bruggmann correction. 23 That is
where mc is the volume fraction of ionomer in the anode and cathode catalyst layers. Once the electrolyte phase potential, e , and the proton conductivity on the membrane, mem eff , are obtained, the local current density, I, can be calculated by
The average current density can be obtained by taking the surface average of local current density over the entire membrane
Boundary conditions.-Equations in Table I form a complete set of governing equations for seven unknowns: u, p, T, C H 2 , C O 2 , C w , and e . By use of the single-domain approach, the boundary conditions are required only at the external surfaces of the computational domain. For mass flow, the no-slip and impermeability conditions are applied to all external surfaces except for the inlets and outlets of the anode/cathode gas channels. The inlet species concentrations, c k,in , at the anode/cathode inlet regions are determined by the inlet pressure and humidification conditions. The anode/cathode inlet velocities can be calculated by their respective stoichiometric flow ratios, a and c , which are defined as the ratio of the amount of reactant supplied to the amount of reactant required by the electrochemical reaction to generate the overall current density, I avg
Therefore, this approach requires that the cell voltage is iterated until the resulting overall current density is matched with the prescribed value by running a number of whole cell simulations. The outlet species and velocity conditions are the fully developed ones, i.e., the gradient of each variable is zero. For thermal boundary conditions, the constant temperature condition is applied to the external surfaces of the fuel cell model, since the temperatures of the external surfaces were controlled during the experiments.
24,25
Numerical implementation and parallel computation.-The PEFC thermal model described above is implemented into a commercial computational fluid dynamics ͑CFD͒ package, STAR-CD, based on its user-coding capability. 26 For the detailed validation study, a numerical mesh is generated for the 50 cm 2 experimental cell with a single-path serpentine flow field as shown in Fig. 1 . The long flow path in the serpentine flow field results in a relatively large pressure drop from the inlet to outlet, which may lead to reactant by-pass through the GDL. In the present work, the computational domain of a PEFC consists of the nine subregions, namely gas channels, macro-and micro-gas diffusion layers ͑GDL͒, and catalyst layers in both anode and cathode sides, and membrane. All relevant dimensions for the flow field and the other sub-regions are shown in Fig. 1 
Results and Discussion
Model validation.-The experiments were performed by Dong et al. 25 in a segmented 50 cm 2 cell using a multichannel potentiostat. The membrane-electrode assembly ͑MEA͒ based on a 18 m thick GORE-SELECT membrane was not segmented, in order to preserve true fuel cell operational characteristics and avoid highly individual specialty membranes. Current density distribution measurements were made under seven different inlet relative humidity ͑RH͒ cases. These cases are listed in Table III , based on 80°C cell temperature. For all experimental cases, inlet pressure on both anode and cathode was 3.18 atm, and the anode and cathode stoichiometry ratios were set to be 1.2 and 2.0, respectively. In addition, the temperatures of all external surfaces were maintained at 80°C during the experiments, allowing application of the isothermal boundary condition in the model. The reader is referred to Dong et al. 25 for other details of the experiments.
The present nonisothermal PEFC model was extensively validated against the current density distribution data measured under the various inlet humidification and cell voltage conditions. For this validation work, the cathode exchange current density, ai 0,c ref , the tortuosity of porous layer, , and a contact resistance are considered as adjustable parameters. The values of the cathode exchange current density and tortuosity used for all simulation cases are 20 000 A/m 3 and 5, respectively. A contact resistance of 150 m⍀ cm 2 is applied in all numerical simulations to account for all interfacial resistances within the instrumented fuel cell, e.g., at the interface between the catalyst coated membrane ͑CCM͒ and GDL and the contact between GDL and current collector land. The use of relatively higher total contact resistance value than that in state-of-the-art single cells is ascribed to the nature of the segmented cell, which exhibits much higher electrical contact resistance between the segmented flow field and GDL. All properties used in the simulations are listed in Table IV . Figure 3 shows a comparison of simulated and measured current density profiles at cell potentials of 0.85, 0.75, and 0.7 V with an anode and cathode RH of 75 and 0%, respectively ͑case 2͒. This is considered a baseline case typical of automotive operation. 27 With good agreement between the experimental data and simulation results, both display the characteristics of a low-humidity operation. The current density initially increases as the dry membrane gains moisture from product water and then decreases towards the cathode outlet as oxygen depletion becomes severe and dominates cell performance. Therefore, there is a maximum in the current density distribution and the location of its peak seen in Fig. 3 is indicative of a well-hydrated membrane. It is seen that the current density peaks predicted by the present model remain nearly unchanged at roughly the first 70% of the cell, in consistence with the theoretical expectation that gas reaches full humidification roughly at the same fractional distance under stoichiometry control for all cell voltages or current densities. In contrast, it is seen that the peaks in the experimental data appear in a range of the dimensionless locations. Once the proton conductivity of the membrane reaches the fully saturated value, the current density distribution is controlled by oxygen transport. The competing effects between membrane hydration and oxygen depletion on the current density distribution will be discussed in detail later in this paper. Figure 4 shows a comparison of simulated and measured current density profiles for case 1 ͑RH a /RH c = 50%/0%͒ and case 3 ͑RH a /RH c = 100%/0%͒ at a single voltage of 0.7 V. It can be seen that, in general, the current density distributions match well between simulations and experiments, although there are outlier points near the inlet and outlet. The anode humidification effect is clearly seen in Fig. 4 . The current density for 100% anode RH ͑case 3͒ is higher than that of case 1 ͑50% anode RH͒ in roughly the first 70% of the fuel cell, indicating that the higher anode RH helps to retain water in the membrane. Figure 5 shows the validation results for case 4 at 0.85, 0.75, and 0.7 V, where the cathode inlet is partially humidified while the anode inlet is kept dry. Again, good agreement between the simulations and experiments is seen, although there is some scatter in the experimental data. Typical characteristics of low-humidity operation can also be seen similar to Fig. 3 and 4 . However, notice that the current density peaks occur earlier within the cell when the cathode is humidified compared to when the anode is humidified ͑cases 1 through 3͒. Due to the higher gas flow rate in the cathode than the anode, the same RH in the cathode results in a larger amount of water introduced into the cell compared to the anode. The higher flow rate in the cathode results from the fact that air instead of pure oxygen is fed into the cathode and the cathode stoichiometry is higher than the anode. Consequently, approximately in the first half of the cell, the current density distributions of case 4 are determined by hydration of the membrane and then controlled by oxygen transport in the second half. Figure 6 shows the results for case 5 ͑RH a /RH c = 0%/100%͒ and case 6 ͑RH a /RH c = 25%/25%͒ at 0.7 V. Once again, these cases demonstrate general agreement in the current distributions between the simulations and experiments, although a wider scattering of the experimental data can be observed, particularly in case 5. The cathode humidification effect can be assessed by comparing case 5 ͑RH a /RH c = 0%/100%͒ in Fig. 6 with case 4 ͑RH a /RH c = 0%/50%͒ at 0.7 V in Fig. 5 . The current density peak of case 5 occurs near the inlet due to the higher cathode inlet humidity.
The last validation results, for case 7 ͑RH a /RH c = 100%/100%͒, at 0.85, 0.75, and 0.7 V are presented in Fig. 7 , where the anode and cathode are both fully humidified at 80°C. Under the fully humidified condition, oxygen depletion is the sole factor to determine the current density distribution and thus, the current densities continue to decrease toward the cathode outlet as shown in Fig. 7 . The agreement is relatively poor at 0.7 V, where the experimental data show clear increasing and decreasing trends in the first half of the cell, while the simulation continues to show only the oxygen depletion effect. This deviation may be attributed to flooding by liquid water, which may be severe at the fully humidified inlet condition and low cell voltage. The flooding effect cannot be addressed by the present single-phase model. Future work is needed to improve the agreement between experimental data and simulation using a two-phase, nonisothermal model.
Besides the predicted and measured current density profiles along the flow path, multidimensional distributions of species concentration, temperature, and current density are also obtainable from the simulations and should provide greater insight into the lowhumidity operation of PEFC. Figure 8 displays the contours of temperature distribution over the membrane for case 2 at 0.7 V. As mentioned earlier, heat generated in the catalyst layer is primarily removed through the GDL to the current collector rib by lateral conduction. As a result, the membrane temperature in the channel region is higher than under the rib. The water activity distribution at the membrane surface for case 2 at 0.7 V is presented in Fig. 9 . Due to the temperature distribution shown in Fig. 8 and the fact that the ribs protect the membrane from losing water by mass transport, the water activity of the membrane under the ribs is higher than under the channels. Consequently, even under the low-humidity condition, the water activity near the outlet, particularly under the ribs, becomes greater than unity, implying that the flooding effect is more severe under the ribs than under the channels. Figure 10 is the view of current distribution for case 2 at 0.7 V. Compared with Fig. 9 , it is clearly shown that the current density in the channel region is lower than in the rib region before the membrane becomes fully hydrated. However, the local current density exhibits the opposite trend once the membrane is nearly fully hydrated; hence, the current density begins to be controlled by oxygen transport. The boundary between these two regions ͑i.e., I rib Ͼ I channel and I rib Ͻ I channel ͒ is denoted by a dashed line in Fig. 10 .
The cross-sectional temperature profile along the center line of membrane in the cross section cutting through the middle of the cell for case 2 at 0.7 V is presented in Fig. 11 , where the upper and lower bounds correspond to the channel and rib regions, respectively. Consistent with the temperature contour plot ͑Fig. 8͒, the spatially fluctuating membrane temperature between channel and rib is caused by a lack of effective cooling in the channel region. In addition, as shown in Table I , all heat generation sources are proportional to the current density. As a result, the temperature bounds increase along the cathode flow path and then decreases near the outlets, following the current density distribution shown in Fig. 3  and 12 . Figure 12 displays calculation results of the current and water activity profiles in the same cross section cutting through the middle of the cell in the same case ͑case 2, 0.7 V͒. First, it is clearly shown that the current density increases until the water activity is close to unity and then decreases by oxygen depletion effects, showing that the location of current density peak is indicative of fully hydrated membrane, as mentioned earlier. In addition, the membrane water activity in the rib region is higher than in the channel area, because the temperature in the rib region is lower as described before. As a result, the current density in the rib region is greater than in the channel for roughly the first 60% of the cathode flow path, where the membrane is not fully hydrated and thus performance is mainly determined by the extent of membrane hydration. In contrast, near the outlet of the fuel cell where the membrane is almost fully humidified, the current density begins to be controlled by oxygen transport. The local current density becomes higher in the channel region than under the ribs because the ribs impose more severe oxygen transport limitation. In comparison, the current and water activity profiles for case 7 ͑i.e., the fully humidified case͒ at 0.7 V are plotted in Fig. 13 . The current density in the channel region is always higher than in the rib region, reiterating that the current density distribution is controlled by oxygen depletion in the 100% humidified case. Table V presents an analysis of overall heat balance as well as the individual heat sources for case 2 ͑RH a /RH c = 75%/0%͒ at 0.85, 0.75, and 0.7 V. The total heat released from the PEFC without phase change of water is given by
where the first term on the right side of Eq. 21 is the maximum chemical power available from the overall H 2 /O 2 reaction, and the second term is the electrical power produced by a fuel cell. The energy efficiency of the fuel cell, e , can thus be calculated from the ratio of these two terms, i.e. 
Conclusions
The main focus of this study is to validate a three-dimensional, nonisothermal, PEFC model against the current distribution data experimentally measured under a wide variety of inlet humidification and cell voltage conditions. Major conclusions can be summarized as follows:
1. Good agreement between the simulation results and experimental measurements is achieved, validating the PEFC model at the detailed distribution level. However, the agreement becomes weaker at lower cell voltages. The deviation can be attributed to flooding by excess liquid water, which has not been accounted for in the present work.
2. Different shapes of current distribution are illustrated, depending on the inlet humidification conditions. Under fully humidified conditions, the local current density is controlled by concentration polarization and thus continuously decreases from the cell inlet to outlet. Low-humidity operation shows initially increasing current density as the membrane gains moisture from product water. When the membrane gets nearly fully hydrated, oxygen depletion effects begin to control the current density distribution, showing decreasing current density toward the cell outlet. In addition, the thermal effect becomes more significant in the low-humidity operation, affecting the degree of membrane hydration and thus current distribution in PEFC. Therefore, water and thermal management strategies must be considered simultaneously and appropriately coordinated depending on the gas humidification conditions.
3. The membrane temperature is lower in the region facing the current collector rib. This fact exacerbates flooding by liquid water underneath the current collector ribs. Therefore, the GDL thermal conductivity plays an important role in coupling thermal and water management of PEFC.
4. The reversible reaction and entropic heats in the cathode catalyst layer are the major heat sources, releasing about 80-90% of the total waste heat.
Future work will include the validation of comprehensive CFCD models against distribution data of multiple parameters, such as current, species, and temperature distributions. This possibility is becoming a reality as new experimental techniques are emerging such as the simultaneous measurement of high-frequency resistance, current, and species ͑e.g., water͒ distributions. 28 The validation of CFCD models against multiple arrays of distribution data will assist in developing a fuller understanding of PEFC fundamentals.
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